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A separated flow model has been developed that is applicable to vertical annular two-phase
flow in the purely convective heat transfer regime. Conservation of mass, momentum, and
energy are used to solve for the liquid film thickness, pressure drop, and heat transfer
coefficient. Closure relationships are specified for the interfacial friction factor, liquid fiim
eddy-viscosity, turbulent Prandtl number, and entrainment rate. Although separated flow
models have been reported previously, their use has been limited, because they were
tested over a limited range of flow and thermal conditions. The unique feature of this
model is that it has been tested and calibrated against a vast array of two-phase pressure
drop and heat transfer data, which include upflow, downflow, and microgravity flow
conditions. The agreements between the measured and predicted pressure drops and heat
transfer coefficients are, on average, better or comparable to the most reliable empirical
correlations. This separated flow model js demonstrated to be a reliable and practical
predictive tool for computing two-phase pressure drop and heat transfer rates. All of the

datasets have been obtained from the open literature. © 1997 by Elsevier Science Inc.
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Introduction

Two-phase annular flow patterns with heat transfer are prevalent
in many industrial processes. The reliable prediction of pressure
drop and heat transfer rates associated with these processes are
essential to developing more reliable, efficient and cost effective
heat exchangers; reducing or eliminating costly shutdowns caused
by equipment failure; and achieving energy savings through opti-
mization of thermal processes.

The annular flow pattern is one that frequently occurs in
conjunction with evaporative heat transfer in tubes. Annular flow
is characterized by an inherently unsteady liquid film flowing
along the wall parallel to a flowing vapor core carrying entrained
liquid droplets. The liquid film structure is influenced by many
system variables, some of which are system geometry, flow
orientation (up, down, microgravity, or horizontal flow), and
liquid /vapor velocity difference. Kenning and Cooper (1989)
identified two heat transfer regimes associated with evaporative
two-phase flow heat transfer: the convective regime and the
nucleate boiling regime. In the convective regime, nucleate boil-
ing is completely suppressed, and the heat transfer is governed
by bulk turbulent motion of the liquid film. Heat transfer in the
nucleate boiling regime is governed by the incipience, growth,
and departure of vapor bubbles along the heating surface. Klaus-
ner and Mei (1995) and Thorncroft et al. (1996) recently identi-
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fied a dimensionless variable that can discriminate the convective
and nucleate boiling heat transfer regimes. This work is specifi-
cally concerned with two-phase annular upflow, downflow, and
microgravity flow pressure drop and evaporative heat transfer in
the convective regime.

Analytical two-phase flow models typically treat the flow as
steady, simplify the geometry of the flow structure, and use
conservation of mass, momentum, and energy to predict pressure
drop and heat transfer rates. Such models are attractive, because
they attempt to physically model the dominant heat and momen-
tum transport mechanisms, and thus there exists potential for
such models to have broad applicability. They also give detailed
information on the flow and thermal fields. The drawback of
these models is that they require empirical closure relations, and
typically these are tested against only a limited range of data.
Two-dimensional (2-D) finite-difference models have been pro-
posed by Lai (1992) for flow boiling and Mandrusiak and Carey
(1990) for annular flow with offset strip fins. Separated flow
models are those in which one-dimensional (1-D) conservation
equations are applied separately to the vapor core and liquid
film, and are coupled through closure relations applied at the
liquid /vapor interface. Separated flow models have been dis-
cussed in detail by Hewitt and Hall-Taylor (1970), Carey (1992),
and some more recent models have been proposed by Stevanovic
and Studovic (1995), Owen and Hewitt (1987), and Sun et al.
(1994). These models have only been calibrated over a narrow
range of parameters and, thus, do not have broad applicability.

In this work a separated flow model, boundary conditions,
and closure relations are presented as analytical tools to predict
pressure drop and heat transfer rate for two-phase annular
upflow, downflow, and microgravity flow in tubes. An extensive
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experimental database has been compiled, and the empirical
closure relations are calibrated against those data. It is demon-
strated that separated flow modeling is a reliable alternative to
empirical pressure drop and heat transfer correlations. This
approach is a significant departure from the majority of two-phase
heat transfer correlations, which attempt to cover both the
convective and nucleate flow boiling regimes.

Separated flow model formulation

Consideration is given to the flow configuration depicted in
Figure 1, in which there exits cocurrent annular flow with en-
trainment through a round tube and heat input at the wall, The
following assumptions are inherent in the model: (1) the flow is
incompressible; (2) the flow is steady; (3) the liquid film thickness
is uniform around the tube periphery; (4) the liquid/vapor
interface is smooth; (5) the pressure is uniform in the radial
direction; (6) evaporation occurs at the liquid/vapor interface;
and (7) liquid droplets entrained in the vapor core are uniformly
distributed.

Conservation equations

Following Hewitt and Hall-Taylor (1970) a force balance on a
cylidrical element of the liquid film in which acceleration is
ignored leads to,

r; 1{dp r2—r? 0
=q8—=}+—-|—+
T T'( r ) 2 ( , ~ P8 r
and using the concept of eddy-viscosity,
du 7
- @

dy  pte,p

where 7 is the shear stress, dp/dz is the axial pressure gradient,
p is the density, g is the gravitational acceleration, u is the
velocity, p is the dynamic viscosity, &, is the eddy-viscosity, r is

m

Vapor Core Entrained Droplets
T -
Liquid Film
Figure 1 ldealized sketch of annular flow with heat transfer

the radial coordinate, y is the distance from the wall, the
subscripts i and /, respectively, denote the liquid /vapor interface
and the liquid, and the + applies to upflow; whereas, — applies
to downflow. Equations (1) and (2) may be combined, which
du T

results in
__—,_(rO—S)
dy wteup\ro—y

S | =

where r, is the pipe radius, and 8 is the liquid film thickness.
Following Hewitt and Hall-Taylor (1970), a momentum balance

rg—d

3

o=y

Notation

B,  boiling number (=gq,,/Ghy,)

C, empirically determined distribution parameter
d, pipe diameter, m

dp .

5, Dressure gradient (Pa/m)

E entrainment rate

f friction factor

h heat transfer coefficient (W/m?K)
h;, latent heat of vaporization (J /kg)
g  gravitational acceleration (m/s?)

G total mass flux (kg/m? s)
Pr, turbulent Prandtl number (=¢,,/ey)
g,  wall heat flux (W/m?)

r radial coordinate, m

ry pipe radius, m

Re, liquid phase Reynolds number (= G —x)d,/w.,)
Re, vapor-phase Reynolds number (= Gxd,/p.,)

T temperature, °C

u velocity (m/s)

u*  friction velocity [= y/(1,/p) ]

x quality

,; empirically determined drift velocity (m/s)

y radial coordinate, m

y*  wall units (=yu*p/p)

z axial coordinate, m

Greek

a void fraction

) liquid film thickness, m
s, eddy-viscosity (m?/s)

ey  eddy thermal diffusivity (m?/s)
mn  thermal diffusivity (m?/s)
w dynamic viscosity (kg/ms)
p  density (kg/m®)

c interfacial tension (N/m)
T shear stress (N/m?)
Subscripts

i interfacial

1 liquid

o wall

sat  saturation

v vapor

2¢  two-phase

542

Int. J. Heat and Fluid Flow, Vol. 18, No. 6, December 1997



on the vapor core, which includes momentum exchange due to
entrainment, results in

dp 2 p8lx+E(1-x)] G*d| x*
dz r; x+E(Q-x)=2 a dz| ap,
Py
(1-E)X(1-x)x EQ-x)x
+ + €)]
p,(1—a)—p,aE(1—x) ap,

where E is the liquid mass fraction entrained in the vapor core,
G is the total mass flux, x is the vapor quality, o is the vapor
volume fraction, and the subscript v denotes the vapor. A mass
balance on the liquid film is expressed as

5
Ty y
EG(I —x)(l—E)=p,f u(l—;—)dy. 6))
0

0

Consideration is now given to energy transport through the
liquid film. Because turbulent diffusion across the thin film is
typically much greater than convection downstream, a simplified
energy equation is

4 )dT =0 6
o (n + 2y d_y]_

where v, is the liquid thermal diffusivity, and &, is the eddy
thermal diffusivity. Assuming that the two-phase mixture is satu-
rated, an energy balance dictates that the equilibrium vapor
quality varies as

dx 2q,
dz  Gryhy,

)]

where g,, is the wall heat flux, and A, is the latent heat. The
heat transfer coefficient is defined as

Gw
By = —2
=7 T (8)

w sat

where T, and T, are the respective wall and saturation temper-

atures. The required boundary conditions are

at the wall (y = 0):
u=0, qdw = _kl_-

and at the liquid /vapor interface (y = 3):

du T

— =, T=T,
dy ptenpy

sat*

Solution procedure

The relations above are not yet closed; they require that 7, ¢,
ey, and E be specified. The closure relations used for this model
are discussed shortly. Given the appropriate closure relations,
Figure 2 is a flowchart describing the solution procedure to the
above equations, which is also summarized as,
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Read Data From
Data Base

r

Calculate
Thermophysical Properties

Te

=

Guess
Film Thickness

I

Calculate dp/dz using Eq. (4)
Calculate u(y) using Eq. (3)

Check the Mass
Balance Using Eq. (5)

Calculate T(y) Using Eq. (6)
Calculate h,, Using Eq. (8)

Figure 2 Flow chart of solution procedure

(1) An initial guess is made for the film thickness 8, and Equa-
tion 4 is used to compute the pressure gradient dp/dz.

(2) Equation 3 is used in conjunction with the velocity boundary
conditions to compute the liquid film velocity profile u(y).

(3) The velocity profile is used in Equation 5 to check if both
sides of the equation balance.

(4) If both sides of Equation 5 balance, Equation 6 is used in
conjunction with the temperature boundary conditions to
compute the liquid film temperature profile T(y), and the
heat transfer coefficient defined in Equation 8 is evaluated.
If Equation 5 does not balance, steps 1-3 are repeated.

Empirical closure relations

One of the most important variables that influences the solution
of the separated flow model is the interfacial shear stress. After
examining many different empirical correlations for interfacial
shear stress, it has been found that a modified form of the
correlation proposed by Henstock and Hanratty (1976) gives the
best results. The equations required to compute the interfacial
shear stress are as follows,

1
n=fi5Pu ®
f (1 + 1400F)"°
221+ 1400F{1 - exp| - ————— 1
] xp 132G, F a0
04
. [0:707Ref)™* + (0.0379Ref)™? ( u, )ml ( o, )0.4
RCUM2 [T P:
11
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where
Gx Gx2r, G —x)(1-E)2r,
uU =, Reu = N le =
Py Ly Py
2r,
f, = 0.046Re; %2, Gp= 5%
fspolty

In Equation 11 m1 and m2 have been empirically determined
based upon the available pressure drop data. For water m1 = 1.0,
and ml = 1.2 for all other fluids tested. It has also been found
that m2=0.70 gives the best fit for the upflow data, while
m2 = (.80 gives the best fit for the downflow data.

Detailed turbulence measurements for annular flow liquid
films are not available. The usual practice in treating the liquid
film eddy-viscosity is to assume the wall turbulence is similar to
that of single-phase flow and use single-phase flow correlations
for the liquid film eddy-viscosity. Although such an assumption
has yet to be experimentally validated, modified single-phase
flow eddy-viscosity and turbulent Prandtl number correlations
will be used here. Following the discussion of Kays (1994), the
liquid film eddy-viscosity and turbulent Prandtl number are re-
spectively computed from

&

2 =0.001y*’ y*<5
12
®yj1 V] (10 AK +>5 (12)
= —_— — s — U— 2
Em={KRy|1-exp| — 72 & a)d’ y
and
Pr,=1.07 y*t<s

Pr, =1+ 0.855 — tanh[0.2(y* — 7.5)] yr=5 (13)
where K=0.41 is Von Karman’s constant, y*=yu*/v, Pr,=
e/, u*=(1,/p)?, and 7, is the shear stress at the wall.
The damping factor (1 —y/3)" appearing in Equation 12 is based
on the suggestion of Levich (1962) that the turbulence is sup-
pressed near the liquid/vapor interface. It has been found that
n=1.5 gives the best fit to the data. The factor ¢ has been
introduced in Equation 12 to account for enhanced turbulence in
the liquid film caused by the disturbance created by the evapora-
tion radial momentum flux and is expressed as follows:

01
¢=B§~3(1 x) (14)
X

Table 1 Description of pressure drop database

where the boiling number is defined as B, =gq,,/Ghy,. Evidence
that the bulk turbulence is enhanced with evaporation is pro-
vided by Klausner et al. (1990), where it is shown that under
otherwise identical flow conditions, the frictional pressure gradi-
ent increases with increasing heat flux.

It is noted that in implementing the solution procedure, an
initial guess must be made for the friction velocity u*. In subse-
quent iterations, u* is computed from its definition and using
Equation 2 to evaluate the wall shear stress.

Many correlations have been proposed for the liquid entrain-
ment, but there tends to be a large scatter in the data, and most
of these correlations have been based on air/water systems.
Instead of using an entrainment correlation, it is noted that the
mass fraction of liquid entrained in the vapor core is related to
the liquid film thickness and vapor volume fraction through

a ] X m (15)

E={1-——s|—
(1-8/r) |1-xp,

and a Zuber-Findlay (1965) type model that has demonstrated
success in predicting vapor volume fraction is instituted.

1

1-xp, Py
Cl1+—=2)+y,=
0( x p,) Y Gx

(16)

o=

where C, is an empirically determined distribution parameter,
and V,; is an empirically determined drift velocity. Klausner et
al. (1990) have recommended that for upflow C;=0.98 and
V,;=112 m/s and for downflow Cy=1.02 and V,;= —0.11
m/s. If values of C, and V,; are known for a specific geometry,
fluid,

and operating condition, those values should be used in Equa-
tion 16.

Database

An attempt has been made to put together a database that
covers a wide range of flow and thermal conditions. Although
various proprietary two-phase flow databases are in existence,
this work is confined to the data reported in the open literature.
Although this database is not exhaustive, it does cover a wide
enough range of flow and thermal conditions to validate the
proposed model. Table 1 describes the pressure drop database.
Both adiabatic air/water mixtures and evaporating refrigerants
are considered. The mass flux spans an order of magnitude, and
the pipe diameter varies by more than a factor of 2. Vertical
upflow, downflow, and microgravity flow data are considered.
The air/water pressure drop data and microgravity data have

Flow Test section Mass flux, Heat flux, # of data
Authors orientation Fluid surface/diameter kg/m?s Quality kW/m? points
Klausner (1989) Up & down R11 Copper/19.1 138~401 001~043 00~ 11 80
Shearer and Up Water—air Perspex/31.75&1588 mm 40~186 0.73~0.99 * 24
‘Nedderman (1965) '
Hall Taylor et al. (1963} Up Water-air Perspex/31.75 mm 34~76 0.41 ~0.78 * 18
Hewitt et al. (1964) Up Water—air  Acrylic resin/31.75 mm 35~147 0.16~0.86 * 20
Andreussi et al. (1978) Down Water-air Plexiglass/24 mm 68~375 0.12~0.72 * 45
Asali (1983) Up Water—air  Plexiglass/22.9&42 mm 25~256 0.19~0.97 * 99
Jallouk (1974) Up R114 Copper/19.9 mm 154 ~ 4677 0.01~0.84 4~50 563
Miller et al. (1993) Micro-g R12 Smooth tube/4.6&10.5 mm 83~571 0.10~0.94 * 110

* denotes adiabatic.
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Table 2 Description of heat transfer database
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Flow

Test section Toat Mass flux, Heat flux, # of data
Authors orientation Fluid surface/diameter °C kg/m2s Quality kW/m?2 points
Bennet (1976) Up Water Inconel/19.1 mm 121 184~ 1590 0.01~0.20 140~ 580 256
Klausner (1989) Up & down R11 Copper/19.8 324~514 130~400 0.001~040 40~12.0 170
Jallouk {(1974) Up R114 Copper/19.9 mm 35.8~94.6 158~ 2386 0.021~0.83 6.3~82 442
Kenning and Up Water Cupronickel/9.6 mm 142.4 123~304 0.010~0.41 50.0~ 350 12
Cooper (1989}
Pujol (1968) Up & down R113 156.8 mm 564.2~854 351 ~1734 0.002~0.50 12.0~49.0 278
Somerville (1962) Down n-Butanol 11.86 mm 122~ 156 666 ~2148 0.000~0.32 88.0~ 208 209
Hahne et al. Up & down R12 Copper/20 mm 255~455 311~1017 0.001~0.17 1.3~770 96
(1989)
Wang (1981) Up Water Stainless steel/9.7 mm 109 ~ 148 50~233 0.025~0.56 75.0~477 114
Lavin (1963) Up R12&R22 Copper/18.6 mm 26.2~32.6 680~3030 0.173~0.89 24~28.0 41

been reported to correspond to the annular flow regime. The
upflow and downflow refrigerant data have been filtered so that
only data corresponding to the annular flow regime according to
the flow regime map of Hewitt and Roberts (1969) are included

in the database.

Table 2 describes the heat transfer database. The heat flux,
mass flux, and vapor quality span an order of magnitude; whereas,

14 7 =
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the tube diameter is confined to a narrow range. Water, refriger-
ants, and n-butanol are considered. All of these datasets were
filtered so that only data corresponding to the annular flow
regime according to the map of Hewitt and Roberts (1969) are
included. These datasets did not distinguish between the purely
convective heat transfer regime and the nucleate boiling heat
transfer regime. According to Klausner and Mei (1995) and
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Figure 3 Comparison between measured and predicted pressure gradients for upflow
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Figure 4 Comparison between measured and predicted pressure gradients for downflow

Thorncroft et al. (1996), the purely convective regime can be
distinguished from the nucleate boiling regime using the dimen-
sionless variable, r,,./F..,, which can be estimated as

Tmax _ ATsatklpuhfg
T..20

max “sat

17
Fmin h ( )

where h,,, is the heat transfer coefficient caused by bulk
turbulent convection, and o is the interfacial tension. Here r,,,
and r,;, are the respective maximum and minimum cavity radii
required for incipience. Only those data for which r,,, /7., <120

are included in the database.

Results and Discussion

Pressure drop

The first step in calibrating the model required comparing the
measured and predicted pressure gradients and adjusting the
empirical constants in the hydrodynamic closure relations based
upon these results. After many iterations, the empirical constants
required for the closure relations previously described were
optimized. Figures 3a—d compare the predicted and measured
pressure gradients for representative vertical upflow datasets,
which include R11, R114, and air/water. It is readily seen that
for the majority of data, the deviation between the measured and
predicted pressure gradients are within +25%. Figures 4a-b
compare the predicted and measured pressure gradients for
vertical downflow. Again, the majority of data are within +25%
deviation.

Miller et al. (1993) have measured annular two-phase pres-
sure gradients under microgravity conditions that were obtained
during short duration parabolic trajectories flown with a NASA
KC-135 aircraft. Under such conditions, there is uncertainty
whether the flow steadied out during the micro-g window. Never-
theless, the present model was compared against their 10.5-mm
tube diameter data. The values for m2, C;, and V,, were,
respectively, taken to be m2 = 0.75, C, = 1.0, and V,; = 0.5 m/s.
As observed in Figure 5, the agreement is very good.

546

To compare the present model with other separated flow
model predictions, the mean error is defined as

1 L 1X,-X,|
ME=—YY % 18
NZ X (18)

m

where X,, and X, are the respective measured and predicted
variable under consideration and N is the number of datapoints.
Table 3 compares the mean error for all of the datasets with the
present model, the Henstock and Hanratty (1976) correlation,
the Asali et al. (1985) correlation, and the Chisholm (1967)
correlation. It is seen that for the air/water data, the mean error
for the present model is comparable to that of the three correla-
tions. However, for the refrigerant data, the present model
agrees significantly better with the measured data.

7
Miller Data, d=10.5mm /

E R12, micro-gravity /
E 4 —| Mean Error=23.27% // v
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5 ayv
g 7 %
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0 1 2 3 4 S

Pressure gradient-measured (kPa/m)

Figure 5 Comparison between measured and predicted
pressure gradients for micro-gravity flow
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Table 3 Comparison of pressure gradient mean error (%)

Henstock and

Data source # of Datapoints  Present model  Hanratty (1976)  Asali (1983}  Chisholm {1967)
Upflow:
Klausner (1989) 60 19.68 32.29 40.62 25.55
Shearer et al. {1965) 24 15.97 19.58 15.30 12.76
Hall Taylor et al. (1963) 18 12.84 37.57 21.38 24.46
Hewitt et al. (1964) 20 16.06 16.57 20.16 24.25
Asali (1983) 929 22.13 25.77 18.33 14.76
Jallouk (1974} 563 22.64 45.51 40.40 50.74
Downflow:
Klausner (1989} 20 27.56 42.84 49.31 33.43
Andreussi and Fanelli (1978) 45 23.81 45.27 17.32 6.25
Micro-g:
Miller et al. (1993) 110 23.27 20.80 33.05 17.34
45 7 7 //
/ Jallouk data
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Figure 6 Comparison of measured and predicted heat transfer coefficients for upflow
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Figure 7 Comparison of measured and predicted heat transfer coefficients for downfiow

Heat transfer

The final step in calibrating the model was to compare the
measured and predicted heat transfer coefficients. It was found
that the concept of turbulent Prandtl number was useful and the
expression given by Kays (1994) for single-phase flow did not
require any modification. Figures 6a—d compare the predicted
and measured two-phase heat transfer coefficients for represen-
tative vertical upflow datasets, which include both refrigerants
and water. It is seen that most of the data are within +25%
deviation. For those data that deviate by more than +25%, the
measured heat transfer coefficient is typically larger than that
predicted. It is possible that some of these data fall into the
nucleate boiling regime because there is some uncertainty in
discriminating the purely convective regime from the nucleate
boiling regime when 50 <r_, /7., <120. Figures 7a~b compare
the predicted and measured two-phase heat transfer coefficients
for downflow. It is also seen that most of these data deviate by
less than +25%. The mean error for all of the datasets are
displayed in Table 4. When compared against the most recent
flow boiling heat transfer correlations proposed by Gungor and
Winterton (1986), Kandlikar (1989), and Steiner and Taborek
(1992), it is seen that the present separated flow heat transfer
model has slightly better agreement with most of the data identi-

Table 4 Comparison of heat transfer coefficient mean error (%)

fied to be in the purely convective heat transfer regime. The
available microg heat transfer datasets do not provide sufficient
information to allow a comparison with the present model.

The fact that this separated flow heat transfer model has such
good agreement with a wide range of data lends credence to the
contention of Klausner and Mei (1995) that many two-phase heat
transfer data reported as flow boiling data are actually in the
purely convective heat transfer regime.

Conclusions

The number of competing flow boiling heat transfer correlations
that have been reported in the literature is vast. Many of those
have been tested by Gungor and Winterton (1986), and none has
proved to be satisfactory over the entire parameter space for
which they were tested. Such correlations typically attempt to
predict heat transfer rates in both the convective and nucleate
flow boiling regimes.

In constrast, the present separated flow momentum and heat
exchange model is applicable to upflow, downflow, and micro-
gravity annular two-phase flow in the purely convective heat

Gungor and Steiner and
Data source # of Datapoints  Present model  Winterton (1986)  Kandlikar (1989) Taborek (1992)
Upflow:
Bennet (1976) 256 14.21 12.60 16.75 16.90
Klausner {1989) 105 16.47 17.14 14.78 18.88
Jallouk (1974) 442 25.28 28.95 32.09 37.58
Kenning and Cooper (1989) 12 25.11 49.07 36.90 38.66
Pujol (1968) 113 22.02 25.83 23.87 28.53
Hahne et al. (1989) 60 15.21 21.03 27.51 20.11
Wang (1981} 114 22,64 33.23 26.54 26.41
Lavin {1963) 41 14.49 16.86 22.71 15.42
Downflow:
Klausner (1989) 65 17.80 15.05 14.88 18.96
Pujol (1968) 165 20.04 9.46 8.39 14.47
Somerville {(1962) 209 19.67 19.06 28.43 16.06
Hahne et al. (1989) 36 19.90 22.52 25.06 20.32
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transfer regime. Advantages of using the present model include

the following.

(1) The same conservation equations are used to compute both
the pressure gradient and heat transfer coefficient simultane-
ously.

(2) The predicted pressure gradient and heat transfer coefficient
have been compared to and agree well with an extensive
array of data that cover a wide range of flow and thermal
conditions.

(3) As opposed to the majority of flow boiling heat transfer
correlations, the model is based on fundamental conservation
principles.

(4) The model provides information on the mean velocity and
temperature fields in the liquid film.

(5) The equations used to solve for the pressure gradient and
heat transfer coefficient are efficiently solved on a personal
computer almost instantaneously.

We stress that because the model is closed with empirical
relations, caution must be exercised when extending the model
beyond the range of flow and thermal conditions for which it has
been tested. Lastly, it has been demonstrated that separated flow
modeling is a useful tool for predicting evaporative heat transfer
in the purely convective regime.
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